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A bubble-column slurry-reactor model has been developed for the hydrogenation of
aqueous maleic acid (MAC) to tetrahydrofuran (THF). This particular reaction system
has recent commercial relevance and represents a case where complex multistep cat-
alytic hydrogenation reactions are conducted at high pressure (>15 MPa) and high
temperature ( >240°C). It also has additional complexities associated with the reaction
chemistry, since the THF reaction product is volatile and the reaction is highly exother-
mic. The proposed model is derived using the mixing cell approach and incorporates the
contributions of gas—liquid and liquid— solid mass transfer, intraparticle diffusion ef-
fects, product volatility, heat effects, and complex multistep reaction kinetics. The effect
of gas and liquid velocities, catalyst loading, inlet maleic acid concentration, and tem-
perature on the conversion, selectivity, temperature rise, and productivity of the desired
products (THF and vy-butyrolactone (GBL)) is also discussed. Since the reaction step
involving the hydrogenation of GBL to THF is relatively slow, severe operating condi-
tions are necessary to achieve high THF selectivity. The distribution pattern of THF in
the gas and liquid phases is also discussed. The model proposed could be useful for
simulation of existing pilot- or industrial-scale reactors, as well as the design and scale-up

of new reactors for this particular reaction or one that has similar characteristics.

Introduction

Bubble-column slurry reactors (BCSRs), which involve
contacting of gaseous and liquid reactants in the presence of
suspended solid catalyst particles, are extensively used in sev-
eral industrial chemical and petroleum-refining processes.
The design and scale-up of these reactors is of considerable
interest, since a number of both fundamental and practical
issues can be defined that introduce uncertainties in the pre-
diction of reactor performance. Important developments on
the reaction engineering analysis of BCSRs were reviewed in
earlier work by Shah (1979), Ramachandran and Chaudhari
(1983), and Deckwer (1992). More recent reviews have been
provided by Saxena (1995), Krishna (2000), and in the mono-
graph of Schumpe and Nigam (1996). Some examples of the
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commercial applications of BCSRs include Fischer-Tropsch
synthesis (Bukur, 1983; Mills et al., 1996; Krishna et al., 1998,
2001), hydrogenation of adiponitrile (Mathieu et al., 1992),
hydrogenation of oils (Bern et al., 1975), and several unsatu-
rated compounds.

In the applications just cited, either a semibatch or contin-
uous mode is utilized, or in some cases, a continuous flow
with recycle operation is followed. The overall performance
of such reactors depends on the specific reaction kinetics,
external and intraparticle mass transfer, gas- and liquid-phase
mixing parameters, hydrodynamics, solid catalyst distribution
and thermal energy management. While the analysis of multi-
phase catalytic reactors has been well developed from a theo-
retical perspective for simple reaction schemes, information
on the analysis of reactor performance behavior for industri-
ally useful processes in BCSRs is very limited. In previous
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work on the modeling of BCSRs, detailed consideration has
been given to hydrodynamic modeling, particularly CFD
modeling (Krishna and Maretto, 1998; Krishna et al., 2001),
evaluation of mixing (Govindarao and Chidambaram, 1983),
and mass-transfer parameters (Kawakami et al., 1981; Das-
sori, 1998). Although reactor performance models have been
proposed for several reactions, such as the Fischer-Tropsch
synthesis (Mills et al., 1996; Krishna and Maretto, 1998;
Krishna et al., 2001), hydrogenation of glucose (Brahme et
al., 1984), and the hydrogenation of butynediol (Jaganathan
et al., 1987), in most of these cases, only single reactions with
simplified kinetics have been considered. Industrial BCSRs
typically involve complex multistep catalytic reactions with
complexities such as nonlinear kinetics, catalyst deactivation,
exothermic reactions, volatile reactants and products, and
nonuniform distribution of catalyst particles. One such recent
commercial example is the hydrogenation of aqueous MAC
to THF as the desired product. The direct hydrogenation of
MAC to THF is considered a major advancement in chemical
technology for THF production when compared to the con-
ventional processes, and it has been recently commercialized
by DuPont (Stadig, 1992). This reaction is the second step of
a two-step process in which butane is oxidized to maleic an-
hydride (MAN) in the first reaction step using a circulating
solids reactor system. The crude MAN is then absorbed in
water to produce a crude MAC stream by hydrolysis, which is
then fed to a BCSR. Some of the novel features of this pro-
cess include specially designed bimetallic catalysts, such as
1% Pd /4% Re-on-carbon (Ernst and Michel, 1992), and 1%
Ru/4% Re-on-carbon (Schwartz, 1995), as well as a novel re-
actor design that operates at a high temperature (200°C to
250°C) and pressure (14 MPa to 20 MPa) with a continuous
removal of the volatile THF product.

The objective of this article is to develop a BCSR model
for the hydrogenation of MAC to THF for predictions of
conversion, selectivity, temperature rise, and productivity of
THF in the reactor for a given set of input parameters. Rather
than use a detailed CFD model whose parameters are the
subject of much debate (Harris et al., 1996), a mixing-cell
model is utilized that incorporates the contributions of reac-
tion kinetics, gas—liquid and liquid—solid mass transfer, intra-
particle diffusion effects, overall heat transfer, and volatility
effects associated with the aqueous reaction mixture. Also,
the existing CFD codes are not adequate to describe the churn
turbulent behavior in a reactor with multiport sparger. The
model presented here is useful for developing insight into the
effects of various operating parameters on the overall reactor
performance. It also may be utilized for guiding the design
and scale-up of such systems from lab-scale and pilot-scale
data. Even though a large amount of information is available
in the literature on mixing in bubble columns, these are mainly
for air—water systems under ambient conditions. Only a lim-
ited amount of data is available for reaction systems under
high temperatures and pressures.

Reactor Model Development

The generic reactor models previously proposed for BC-
SRs (Ramachandran and Smith, 1979; Kawakami et al., 1981;
Jaganathan et al., 1987; Kralik et al., 1990) could not be used
for modeling the performance of a BCSR for the hydrogena-
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Figure 1. Reaction scheme for hydrogenation of maleic
acid.

tion of MAC to THF, since these do not account for the vari-
ous complexities of this system. In the following section, a
detailed analysis of a BCSR model has been presented using
a mixing-cell approach. This model incorporates the complex-
ities of reaction kinetics coupled with external and intraparti-
cle mass transfer, thermal effects, variable gas velocity, and
vaporization of the reaction media/solvent (water) and the
major product THF. In this process, THF is the desired
product, while y-butyrolactone (GBL) and succinic acid (SAC)
are the primary intermediates. A small amount ( <5 wt %) of
n-butanol is also present as a side product. Since THF is
volatile (BP =67°C at 1 bar), under reaction conditions, it
can be continuously removed as a vapor in the exit gas stream,
while the liquid phase intermediates and products remain
largely confined to the liquid phase. The continuous removal
of THF simplifies the process and also prevents further hy-
drogenation of THF to n-butanol.

Intrinsic kinetics

The intrinsic kinetics for the hydrogenation of MAC to
THF with a Ru—Re/C catalyst have been recently studied by
Chaudbhari et al. (2003) using a batch-slurry reactor from 503
K to 543 K, 14 MPa to 20 MPa, and catalyst loading from 20
kg/m? to 100 kg/m>. Based on this work, the reaction net-
work can be described as shown in Figure 1. The following
types of Langmuir-Hinshelwood (L-H) rate equations have
been found to adequately describe the individual reaction
steps involved, where the subscripts 1-4 refer to MAC, SAC,
GBL, and THEF, respectively.

wk, A B,
r= 2 (1)
(1+ K, A, + KB, + K-C,+ KpD,)
o wk, A,C, @)
2 (1+ K, A,+KyzB,+ K.C,+ K,D,)
wk4 A D,

r3= 2 (3)
(1+K A+ KB, + K-C,+ K, D,)
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Table 1. Kinetic Rate Equation Parameters

Temperature
X ky X103 k, x10° k5 x10° ky x107 K, Ky K¢ Kp
503 1.251 4.102 2.098 2.841 0.201 0.989 0.508 0.051
523 9.584 8.881 2.912 5.345 0.304 1.513 0.901 0.131
543 25.281 28.013 9.452 7.334 0.499 2.519 1.981 0.314

Units of k;: (m%kmol(m¥kg/s); units of K 4, Kp, K¢, Kp: (m3/kmol).

wkyAE,
(1+ K A, + KB, + K.C,+ K, D,)’

C))

Ty
By combining Egs. 1-4, it can be shown that the overall rate

of hydrogenation can be given as

ncw(les + kZCs + k3DS + k4Es)As
4 1+ K, A, + KyB,+ K.C,+ K, D,)*

€))

where 7, denotes the catalyst effectiveness factor.

In Egs. 1-5, A, represents the concentration of dissolved
hydrogen on the catalyst surface. The parameters B, C,, D,,
and E, represent the concentrations of MAC, SAC, GBL,
and THF, respectively, on the catalyst surface. Definitions
for the remaining kinetic rate equation variables appear in
the Notation Section. The values for the rate and adsorption
equilibrium constants that were obtained by kinetic parame-
ter estimation from the batch slurry reactor data for Eqs. 1-4
are listed in Table 1 (Chaudhari et al., 2002). The activation
energies for the rate constants k,, k,, k5, and k, are shown
in Table 2. The adsorption parameters increase with temper-
ature, indicating an endothermic process. This observation,
though uncommon, also has been reported previously in the
literature (Broderic and Gates, 1981) for liquid-phase hydro-
genation reactions.

Bubble-Column-Slurry-Reactor Model

Assumptions. Ramachandran and Chaudhari (1983) have
systematically described the modeling of continuous three-
phase reactors for various flow patterns of gas and liquid and
various reaction schemes. Since the problem considered here
involves complex multistep reactions coupled with mass
transfer, heat effects, and solvent/product volatility, a mix-
ing-cell approach proposed earlier by Ramachandran and
Smith (1979), Brahme et al. (1984), and Jaganathan et al.
(1987) was followed. In the development of the reactor model,
the following assumptions were made:

(1) The BCSR is visualized as consisting of N cells of stirred
tanks in series where the liquid is completely back mixed and
gas is in plug flow in each cell. Thus, for N =, plug flow
will prevail, while for N =1, the reactor performance will be
equal to a back mixed slurry reactor. Intermediate values of
N will describe liquid-phase flow patterns between these two
extremes.

(2) Gas-liquid, liquid-solid, and intraparticle mass-trans-
fer resistances have been incorporated for hydrogen. For the
nonvolatile liquid components, the intraparticle diffusion has
been assumed to be negligible, since the concentration of
these are expected to be several orders of magnitude higher
than that of dissolved hydrogen in the reactor.
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(3) The catalyst particles are assumed to be dispersed uni-
formly throughout the reactor. To verify this assumption, the
approach of Kato et al. (1972) was followed. It was found
that the catalyst concentration at the end of the reactor was
99.83% of the average catalyst loading.

(4) Interphase and intraparticle heat transfer are negligi-
ble, but overall heat transfer from the bulk liquid phase to
the reactor wall has been accounted for. To verify the first
assumption, the criteria proposed by Mears (1971) were used.

(5) The volatility of THF, which is the desired product, and
solvent water has been incorporated, including the change in
gas velocity due to product stripping and its effect on other
parameters.

Model Equations. The mass- and energy-balance equa-
tions for various species in a BCSR are summarized below.
Here, the variables Aj, B, Cj, D;, Ej, and F; represent the
concentration of the gas- and liquid-phase species, leaving
the jth cell while those entering the jth cell are represented

by A4 By, Ci_y, Dj_y, E;_,, and F;_;. An analogous

1
appr(;ach is used for the cell terjnperatures. The mass balance
for the various species exiting the jth cell are given below in
the dimensionless form. The dimensionless parameters used
in these equations are defined in Table 3.

For Species A (Hydrogen). In the gas phase
da

8j

dz - alj] (6)

= aA[ag]

In the liquid phase

1 o
j(;aABA[“g,_azj]dZ=[azj_al,,l]*'ﬁ[al]_as]] (7
and

bsj + 2k21csj + 2k31dsj + k4lesj

ala, —a,]= agn, 7 |
(1+kgay, + kb +kecy +kyd,)
®)
For Species B (MAC). 1In the liquid phase
aY
[bl,.,,_bl/] =F(b1i_bsj) C)]

Table 2. Activation Energy Parameters

E, 165 kJ/mol
E, 108 kJ/mol
E; 106 kJ/mol
E, 53.8kJ/mol
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Table 3. Dimensionless Parameters Used in the Model

Mass-transfer parameters
Gas-liquid mass transfer
Liquid—solid mass transfer

Catalyst effectiveness factor

o =kjagL/u,H, apkagL/u,Hy
a; =kxa],L/u,
1
1. = —|coth(3¢p) — —
d’[ 3¢
& = ¢ol(b; + kyye; + kyyd; + kypeplV?

1
In(l+ & P kod) A+ kb, + kee,+kyd) 2
X + + + + +
AT Ralts T R D e R ) T kg + k) + kyd,)
Thiel rameter o) —5 w
ele paramete "=3| "2p,
Heat transfer parameters
L Thermici | —AHrB,
. t =
ermicity parameter B U A u,(pCp) N . (pCp)s
pEPIIT0 u,(pCp);  u,( pCp),
2. Bed 1l h f 2 e
. -to- tt =
ed-to-wall heat transfer B oo 1+ug(pCp)g+ux(pCp)s
nPEP u(pCp);  u,(pCp),
3 E . £ I B3 prHsusﬂl
. Evaporation term for solvent = -
C C
u,(pCp) Ty 1+ ug(pCPs | 1,(pC)s
| w(pCp)  u,(pCp) |
AH,,ryrt
4. Evaporation term for THF B4 = .p‘g ( TI_CI,F )g’l TSR
u,(pCp),To 1+”g pLp g+us pLpls
| w(pCp)i  u,(pCp); |
k, ks k,
Reaction rate and equilibrium constants ky=—sky=—3ky=—
ki ky ky
k,= KAASJ,; ky = KBst;kc = KCCSJ,; k= KpDs,
wkB; L
oOp =—
u;
and and
ag asjbs] ax’[dlj - dYJ]
as(blj_bsj):_nc 2
s | (L+kpa,+ kb, + kg +kyd,) g kye, = kyd,)
=5 a;, (14)
(10) 25\ (14 kya, + kyby +kee, +kod,) |
For Species C (SAC). In the liquid phase For Species E (THF). In the gas phase
A de
— =0¢, — 8
[C/j c,j_l] N [c,j Csj] (11) d_zl = aE[qBEe,j - egj] (15)
and In the liquid phase
as[cl» Cs ] 1 Qg BE
/ f [qBEelj_egj] dz:[elj,]_elj]+as[elj_esj] (16)
2b, — k 0 e
AR s, — K21y,
= 2_170 2 S, (12)
A5\ (1+ kgag + kyby + keey +kdy) and
For Species D (GBL). In the liquid phase afe —e ]= R n kandy, —2kaie,, a
T 245 T\ (14 kgay + kb, ke, +hody) |
aS
(- d, ][4, a,] 1) an
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For Species F (n-BuOH). In the liquid phase

s

(=)= (f = 11) (18)

and

kye.a

ap 41%s;%s
as(fsj_flj)=nc — 2
I8 (1+ koa, + kb + ko, +kod,)

(19)

In deriving the energy balance for the nonisothermal BCSR
model, the temperature dependence of various key parame-
ters, such as reaction rate constants, reaction equilibrium
constants, catalyst effective diffusivity, and saturation solubil-
ity, are accounted for. The effective diffusivity was evaluated
from the relationship that relates the molecular diffusivity D,,,
porosity €, and tortuosity 7

D(T,) =D, ~ (20)

Here, the molecular diffusivity D,, was evaluated from the
correlation of Wilke and Chang (1955), while the porosity and
the tortuosity factors were taken as 0.9 and 3.0, respectively
(Chaudhari and Ramachandran, 1980). The solubility of hy-
drogen in aqueous MAC was experimentally determined
(Chaudhari et al., 2002), so the Henry’s constant of solubility
H , could be expressed by the following quadratic correlation
in solution temperature

H,);=3.98112—0.01582T +1.575x107°T% (21
)T

where T is the temperature expressed in K and (H,); is the
Henry’s constant in dimensionless terms. The effect of prod-
uct concentration on the solubility of hydrogen was assumed
to be negligible. The Henry’s constant for THF was deter-
mined from VLE data (Sada et al., 1975) and was found to be
approximately of the order of 1,000 times greater than that of
hydrogen

(Hg);=155.3-0.70247T +7.875x1074T2>  (22)

The change in the rate and equilibrium constants with re-
spect to temperature can be represented as

E, (1 1)
RT,\" ©
il P 2
RgTO ( 6) ( )

The heat evolved during the reaction is assumed to be car-
ried away by the evaporation of the aqueous solvent and THF
as well as transfer to the reactor wall, which is characterized
by the bed-to-wall heat-transfer coefficient, U,. Under such
conditions where interphase and intraparticle heat-transfer

k(T)=k,(Ty)exp (23)

Ki(T) = K,(T )exp
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resistances are assumed to be negligible, the energy balance
for cell j in the reactor can be expressed in the dimensionless
form as

(0,-1-6))
M o B1 b, +2k2105, +2k31ds] + k41€s/
- a,
asN | (14 kya, + Kby +keey +hady) |

B2
- W(G)j - G)w) _(:83)(usj_] - usj)_(B4)(ugj_] - ugj)
(25)

The variation in gas velocity has been accounted for as fol-
lows

Do 1-X 26
”g,—”g,flA—g_( - X,) (26)
]

where X, is the conversion of hydrogen. Any contribution to
the gas velocity due to evaporation of THF is assumed to be
negligible when compared to hydrogen.

Method of Solution. The solution of the preceding set of
nonlinear algebraic equations allows a prediction of the con-
centrations of all the species and temperature at the exit of
each cell as well as the Nth cell (exit of the reactor) for any
given set of inlet parameters. In order to express the concen-
tration of the gaseous components H, and THF as algebraic
equations, Eq. 6 can be integrated to give

A, —ay,
————— =exp(— a,z) 27
a, —a;

8j-1 J
By substituting z =1/N, the dimensionless concentration of

A in the stream leaving the cell j is

Ay

— - a,
agj=agjilexp(T)+a,j[1—exp(T)] (28)

Substituting Eq. 27 in Eq. 7 and solving the resulting integral
equation gives the following expression for the dimensionless
concentration of A in the liquid stream leaving cell j

— 0y asas/
a_, + BA[l—exp(T)]agﬁI + N

L @)
)

N N

all_ =

1+ ,BA[I—exp(

Once a, i is known, the concentration of A on the catalyst
surface, A4, can be obtained from Eq. 8. The equations for
THF are solved in an analogous fashion. The final expres-
sions of the solution of Egs. 15 and 16 are

o

E ag
€q = g P~ %7 +qppe;|1—exp| — N (30)

e, +—|1—exp|——||e, —
U qpE N fim N

ap A
1+ BE[l_eXp(_W)]_W

e, =

3D
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Equations 6 to 19 are combined with Eqs. 25 and 26 and
were solved simultaneously using the IMSL nonlinear equa-
tion solver IMSL, MATH/LIBRARY, 1994) to predict the
concentrations of the individual species and the temperature
at the exit of each cell.
The initial conditions were as follows: At
z=0, a,=b,=1; ¢;=d;,=¢,=f,=0; 0=1 (32)
These conditions imply that the liquid entering the reactor is
presaturated with hydrogen and the concentrations of all the
products (C, D, E, and F) in the entering liquid stream are
zero. For any given set of inlet conditions, the effectiveness
factor, the concentration of reactant/product species, and
temperature are calculated for the exit of each cell and also
for the exit of the reactor. The various dimensionless param-
eters (mass-transfer parameters, heat-transfer parameters,
reaction rate parameters) are calculated from the variables in
Table 3. The correlations were selected based on the recom-
mendations by Ramachandran and Chaudhari (1983) and are
given in Table 4. The MAC conversion, global rate of hydro-
genation, THF productivity, and selectivity to GBL and THF
were evaluated. At any given length of the reactor, the frac-
tional conversion of MAC is given as
Xp=(1-b)) (33)
However, since the consumption of aqueous MAC is very
rapid, the combined conversion of MAC and SAC is a more
useful parameter for assessing the reactor performance. In
this case, Eq. 33 becomes
Xp=(1-b~¢) (34)
The global rate of hydrogenation (including hydrogen con-
sumption in all the steps) was calculated as

Ry, =7'[C, +2D; +5E, +6F, | (35)

In Eq. 35, 7’ is the mean residence time of the liquid in the
reactor (7' =u,/L), u, is the liquid velocity, L is the length of
the reactor, C,, D,, E,, and F, are the concentrations of SAC,
GBL, THF, and n-BuOH, respectively, at the exit of the re-

actor. The units for these parameters are presented in the
Notation Section. The catalytic effectiveness factor 7, evalu-
ated was found to be >0.97 for all the reaction conditions.
This is expected to be so, since the diameter of the catalyst
particle was assumed to be 30 microns for all calculations,
which indicates negligible intraparticle mass-transfer resis-
tance.
The productivity of THF is defined as follows

_QE,+QE
THF I/l

(36)

where 0, is the molar flow rate of gas, E, is the concentra-
tion of THF in the gas phase, and V; is the reactor volume.

The selectivity to GBL, THF, and n-BuOH is evaluated
using the following relationships

d

AawL=Itﬁ;x1m) (37)

1

O E+Q,E,

=———7—X100 38
THF (1_ B[)Q[ ( )
SBuOH = % x 100 (39)

I

Results and Discussion

In order to understand the effect of various operating pa-
rameters on the performance of a BCSR, simulations were
performed following the procedure described earlier for the
range of conditions typically used in the commercial produc-
tion for the hydrogenation of maleic acid (Table 5). For any
given set of operating and inlet parameters, the correspond-
ing mass-transfer and hydrodynamic parameters were calcu-
lated using the correlations given in Table 4. The effect of
individual parameters on the conversion of MAC, combined
conversion of MAC and SAC, selectivity of SAC, GBL, and
THF, global rate of hydrogenation, THF productivity, and
temperature rise were calculated. The results are discussed
below.

The liquid-phase mixing is an important factor in the per-
formance of a BCSR. This was studied by evaluating the re-

Table 4. Correlations Used for Evaluation of k;ag, k, U,, and D,,

Parameter

Correlation

Reference

Gas-liquid mass-transfer coefficient kjag= 0.6D,9,'5(

M

PL

—0.62

-0.12
0.17,,0.93.1.1
) d;'g" %,

) |

Sy
PL

Yoshida and Akita (1965)

k s a p
Liquid-solid mass-transfer coefficient D_I =240.212

m

3
d,(p,—p1

d 0.112
u
pPL Sano (1974)

|

o 15

D, Mr

Heat-transfer coeficient

St = 0.1(ReFrPr*)~ % = U, /p,C, yu,

Deckwer (1980)

Diffusivity coefficient

D, =74x10"8

1
(d’MB)ET
706 Wilke and Chang (1955)
MB¥a
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Table 5. Range of Operating Conditions for BCSR Investigated

Catalyst

Catalyst loading, w
Initial concentration of MAC, B;,
H, pressure, P
Solvent

Liquid velocity, u;

Gas velocity, u
Reactor diameter, D
Total reactor length, L
Particle diameter, dp
Density of catalyst, p,

1% Re—6% Ru/C

10,100 and 200 kg/m?, (1%-20% w/w)
0.862 to 3.448 kmol/m?, (10%—-40% w/w)
15 MPa

Water

2t0 10X 10* m/s

2t0 101072 m/s

0.25m

4 m

30 microns

2,000 kg/m>

actor performance for the different number of cells (N) in
the mixing-cell model for the same total reactor volume. The
results showing the combined conversion of MAC and SAC

1.0

u= 2x10* mis
- - -uy=6x10"mis
----- u, = 10x10* m/s

0.9 1
0.8 1

0.7-.
06-
0.5:
0.4:
0.3 1
0.2 1
0.14
0.0

(MAC+SAC) conversion

Cellno, N
(@

1.0

0.8

0.6 1

0.4

(MAC+SAC) conversion

0.2 P . u=2x10" m/s

A - - - u=6x10* mis
ST e u=10x10* mis
0.0 O LA— S

0 2 4 6 8 10
Cellno., N

(b)

Figure 2. Fractional MAC + SAC conversion along

length of the reactor: (a) effect of varying lig-
uid velocity; (b) effect of varying liquid veloc-
ity.
Reaction conditions: (a) w = 10 kg/m3, B, = 0.862 kmol/m3,
u,=6x1072 mss, P=15 MPa, T =523 K; (b) w=100
kg/m>, B;; = 0.862 kmol/m?, u, = 6X10~* m/s, P =15 MPa,
T =523 K).
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as a function of the number of cells N are presented in Fig-
ures 2a and 2b for different catalyst loadings and liquid ve-
locities. The combined conversion of MAC and SAC was
found to increase with an increase in the number of cells and
catalyst loading, but to decrease with increasing liquid veloc-
ity. The higher conversion for N = 10 is consistent with plug-
flow conditions. Similar trends with respect to variation in
the number of cells, N, were observed when the inlet maleic
acid concentration and H, pressure were varied. The effect
of N on the global rate of hydrogenation and temperature
rise (at the exit of the reactor) for different substrate concen-
trations is shown in Figures 3 and 4. Here again, the global
rate of hydrogenation was found to increase with N, with a
corresponding increase in the temperature rise. Calculations
were also performed to examine the significance of external
mass-transfer parameters (k;ap and k,) by varying the
gas—liquid and liquid—solid mass transfer coefficients. The
values of k;az and k; were increased and decreased by 10
times, respectively. These showed that for the range of condi-
tions used here, the effect of these parameters was negligible.
This suggests that the flow pattern, catalyst loading, intra-
particle diffusion, and thermal energy effects will largely in-
fluence the reactor performance.

Effect of catalyst loading

The effect of catalyst loading on the combined conversion
of MAC+SAC and the temperature rise at the exit of the
reactor is shown in Figures 5 and 6 for different tempera-
tures. The conversion and temperature rise were found to
increase with an increase in catalyst loading as well as with
an increase in the operating temperature.

Effect of inlet MAC concentration

The effect of inlet MAC concentration on the conversion
of MAC+ SAC and on the temperature rise at the exit of the
reactor is shown in Figures 7 and 8 for different tempera-
tures. The combined conversion of MAC + SAC was found to
decrease with an increase in MAC concentration, while the
temperature rise was found to increase with MAC concentra-
tion at all the temperatures. It must be mentioned here that
though the temperature rise at the reactor exit at the inlet
temperature of 543 K was only 28 K, the temperature profile
shows a maximum temperature rise of 35 K in the intermedi-
ate cells (Figure 8b). Thus, for any given set of conditions, a
temperature profile exists.
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Figure 3a. Global rate of hydrogenation as a function of
liquid velocity: effect of mixing.

Reaction conditions: w = 100 kg/m?, B; = 3.448 kmol/m?,
¢=6x10"2 msk, P =15 MPa, T =523 K.

Selectivity behavior

The selectivities to SAC, GBL, and THF were much greater
than the selectivity to the minor product n-butanol in a BCSR,
except at higher catalyst loading and longer residence times.
The effect of catalyst loading on the selectivity to SAC, GBL,
THF, and n-BuOH, and the effect of varying inlet MAC con-
centration on selectivity to SAC, GBL, THF, and n-BuOH
are shown in Figures 9 and 10, respectively, for different lig-
uid inlet velocities. It was observed that in both cases, the
selectivity of THF was higher for lower liquid velocities. At
lower liquid velocities, a high selectivity (up to 80%) can be
achieved, which was independent of inlet MAC concentra-
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Figure 3b. Temperature rise as a function of liquid ve-
locity: effect of mixing for varying substrate
concentration.

Reaction conditions: w = 100 kg/m?, B, = 3.448 kmol/m?,
u,=6x10"% mss, P=15 MPa, T = 523 K.
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Figure 4a. Global rate of hydrogenation as a function of
liquid velocity: effect of mixing for varying
substrate concentration.

Reaction conditions: w = 100 kg/m?, B; = 0.862 kmol/m?,
U= 6x1072 m/s, P =15 MPa, T = 523 K.

tion. The selectivities to GBL, THF, and BuOH as a function
of temperature are shown in Figure 11. It was observed that
as the temperature increased from 503 K to 543 K, the selec-
tivity to GBL decreased, while the selectivity to THF in-
creased and reached a maximum at 7 = 543 K.

Since removal of volatile THF product by stripping is an
important feature of this process, the distribution of THF
produced in the gas and liquid phases is important to under-
stand. Figure 12 shows a plot of the ratio of distribution of
THF in the gas phase to the total THF produced as a func-
tion of gas velocity for different inlet liquid velocities. It was
observed that the ratio (THF,,,/THF,,) increases with an
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Figure 4b. Temperature rise as a function of liquid ve-
locity: effect of mixing for varying substrate
concentration.

Reaction conditions: w = 100 kg/m?, B, = 0.862 kmol/m?,
u,=6x10"% mss, P=15 MPa, T = 523 K.
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Figure 5. Combined MAC +SAC conversion as a func-
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Reaction conditions: B; = 0.862 kmol/m3, u,=10x10~*
m/s, u, = 6x 1072 mss, P =15 MPa, N =10 cells.

increase in gas velocity; however, it is the highest for lower
liquid velocity, that is, a large residence time. The total THF
productivity was found to increase with an increase in tem-
perature (Figure 13). The model predictions also indicate that
increased selectivity and productivity of THF can be achieved
by increasing the catalyst loading, H, pressure, reactor inlet
temperature, and by using lower liquid velocity or long liquid
residence time.

Figure 14 shows the concentration profile of various species
along the length of the reactor. As the concentration of MAC
approaches to a very low level and the concentration of SAC
approaches a maximum, the subsequent hydrogenation reac-
tions are initiated.
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Figure 6. Temperature rise as a function of catalyst
loading: effect of inlet temperature.

Reaction conditions: B, = 0.862 kmol/m?®, u,=10x10"*
m/s, ug= 6x1072 m/s, P =15 MPa, N = 10 cells.
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Figure 7. Fractional MAC +SAC conversion as a func-
tion of inlet MAC concentration: effect of inlet
temperature.

Reaction conditions: w = 50 kg/m3, u;=10x 10~¢ m/s, u,
=6X10"2 m/s, P =15 MPa, N = 10 cells.

In order to understand scale-up effects, calculations were
performed for different reactor volumes at fixed L/D ratios
to understand the effect of key reaction conditions. As an
illustration, Figure 15 shows the THF productivity for cata-
lyst loadings of 25 and 50 kg/m®. Some interesting trends
were observed with respect to THF productivity at different
reactor volumes. At w =25 kg/m?>, the THF productivity in-
creases with an increase in reactor volume for all /D ratios.
For w =50 kg/m> THF productivity passes through a maxi-
mum with a decreasing trend for higher reactor volumes. This
is mainly due to the increase in formation of n-BuOH at
higher catalyst loadings and longer residence times. The ki-
netics of n-BuOH formation is not substrate inhibited so that
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Figure 8a. Temperature rise as a function of inlet MAC
concentration: effect of inlet temperature.

Reaction conditions: w = 50 kg/m?>, u;=10Xx10~* m/s, u,
=6%x10"2 m/s, P =15 MPa, N = 10 cells.
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Figure 8b. Temperature profile along the length of the
reactor: effect of inlet substrate concentra-
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Reaction conditions: w = 50 kg/m?, u; = 10X 10™* m/s, u,
=6%x10"% m/s, P =15 MPa.

at higher catalyst loading (where concentrations of SAC and
GBL approach nearly zero), the rate of n-BuOH formation
increases so THF productivity decreases. In this analysis, a
fixed value of N =10 has been used (as an illustrative exam-
ple), which would imply plug flow irrespective of the L/D
ratio. However, it does still give some insight into the perfor-
mance of the reactor with respect to L/D ratio when the
mixing pattern remains the same (plug flow in this case).

Comparison of Model Predictions with
Experimental Data

The only available data on the Ru—Re/C catalyzed hydro-
genation of aqueous MAC appears in a U.S. patent (Schwartz,
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Figure 9a. Selectivity as a function of catalyst loading:

effect of liquid velocity.

Reaction conditions: B = 0.862 kmol/m3, u,;=2x10"*
m/s, u,=6X 1072 mss, P=15 MPa, T =523 K, N=10
cells.
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Figure 9b. Selectivity as a function of catalyst loading:
effect of liquid velocity.

Reaction conditions: B; = 0.862 kmol/m3, u;=10x107*
mss, u,=6x10"2 mss, P=15 MPa, T=523 K, N=10

cells. ¢

1995). These data were used to compare the THF productiv-
ity with the model predictions. In one of the patent examples,
an experiment in a stirred slurry reactor was reported for the
following conditions
w=23gin 150 mL,

B, =40% (w/w), P =14 MPa,

T=523K, Q,=20cc/h
Under these conditions, a steady-state THF productivity was
observed to vary in the range of 1,200-600 STY (space-time
yield, g THF/kg catalyst -h) over a period of three weeks. In
order to compare these data with the model predictions, cal-
culations were performed for a single cell (N =1) that would
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O T E R ERE T
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Inlet MAC concentration, B, , kmol/m®

Figure 10a. Selectivity as a function of inlet MAC con-
centration: effect of liquid velocity.

Reaction conditions: w = 50 kg/m?, u;=2x107* m/s, u,
=6x1072 m/s, P =15 MPa, T =523 K, N =10 cells.
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Figure 10b. Selectivity as a function of inlet MAC con-
centration: effect of liquid velocity.

Reaction conditions: w =50 kg/m?, u;=10x10"*% mys,
U, = 6x1072 m/s, P =15 MPa, T =523 K, N =10 cells.

represent a back-mixed stirred slurry reactor. Also, values
for the volumetric gas—liquid mass-transfer coefficient, lig-
uid-solid mass-transfer coefficient, and overall heat-transfer
coefficient were selected for a stirred slurry reactor from the
literature (Bern et al., 1976; Sano et al., 1974; Ramachandran
and Chaudhari, 1983). The values of k,ag, k.d,, and U,, were
calculated as 0.1296 s~! 1.182x 1073 s~', and 1.108
kJ/Ksm?, respectively. Since the kinetics used in the model
prediction are for a Ru—Re/C catalyst similar to that repre-
sented in this patent, it was thought reasonable to at least
compare the model predictions with the experimental data in
the order-of-magnitude range. For this case, the model pre-
dictions showed THF productivity of 700 STY (space-time
yield, g THF/kg catalyst-h) and a combined (MAC+SAC)
conversion of 90%. The predicted performance is within the

] GBL
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1 nbuoch
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o
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0.0 LSS
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Temperature, K

Figure 11. Selectivity as a function of inlet temperature.

Reaction conditions: w = 100 kg/m?, B; = 0.862 kmol/m?,
1y = 6x 1072 ms, u; = 10X 10~ m/s, P'= 15 MPa, N = 10
cells.
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Figure 12. THF distribution as a function of gas veloc-
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Reaction conditions: w =50 kg/m?, B, =0.862 kmol/m?,
P =15 MPa, T =543 K, N =10 cells.

range reported in the patent example and suggests the poten-
tial utilization of the model for prediction of the reactor per-
formance.

Conclusions

A mixing-cell model for a BCSR has been developed for
the hydrogenation of maleic acid solution that incorporates
the complex intrinsic reaction kinetics, product volatility, in-
terphase and intraparticle mass-transfer effects, and thermal
effects. The variation of the gas velocity due to stripping of
volatile product and consumption of gaseous reactant (H,)
has also been accounted for. In each mixing cell, the liquid
phase is assumed to be completely back mixed with the gas in
plug flow. It is assumed that the catalyst particles are uni-
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Figure 13. THF productivity as a function of gas veloc-
ity: effect of inlet temperature.

Reaction conditions: w = 100 kg/m?, B; = 0.862 kmol/m?,
u;=10X 10~% m/s, P =15 MPa, N =10 cells.
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Figure 14. Concentration of various species as a func-
tion of reactor length.

Reaction conditions: w = 100 kg/m?, B; = 0.862 kmol/m?,
u;=10x10"* mss, u,=6x10"> mss, P=15 MPa, T =
543 K.

formly distributed throughout the reactor. This assumption
was verified using the criteria proposed by Kato et al. (1972)
for catalyst distribution using parameters from the hydro-
genation of maleic acid. The reactor model allows a predic-
tion of the reactor performance for any given set of reactor
inlet and other process conditions.

The effect of gas and liquid velocity, inlet maleic acid con-
centration, reactor inlet temperature and catalyst loading on
the combined conversion of MAC and SAC, the global rate
of hydrogenation, the reactor temperature rise (at the reactor
exit), and maximum temperature gradient has been studied.
The important observations are:

(1) The combined conversion of MAC and SAC increased
with the number of mixing cells, indicating that higher con-
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Figure 15a. THF productivity as a function of reactor
volume: effect of L/D ratio.
Reaction conditions: w = 25 kg/m?, B =1.724 kmol/m?3,

u,=8x107% m/s, u;=10x10"* mss, T =543 K, P =15

MPa, N =10 cells.
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Figure 15b. THF productivity as a function of reactor
volume: effect of L/D ratio.

Reaction conditions: w = 50 kg/m?, B, = 1.724 kmol/m?,
u,=8x107% mss, u;=10x10~* m/s, T =543 K, P =15
MPa, N =10 cells.

version is achieved under plug-flow conditions. However, this
effect is significant only at higher catalyst loadings. At lower
catalyst loadings, the effect is negligible.

(2) The global rate of hydrogenation was found to increase
with an increase in the gas and liquid velocity with a corre-
sponding increase in the reactor temperature.

(3) The productivity of THF increases with an increase in
the gas velocity, reactor inlet temperature, and catalyst load-
ing. The relative distribution of THF in the gas phase to the
total amount of THF produced (THF,,,/THF,,) increases
with an increase in gas velocity, being the highest at lower
liquid velocity.

(4) The THF selectivity was found to increase with an in-
crease in catalyst loading and temperature, but decreases with
an increase in liquid velocity.

(5) With an increase in reactor volume, the THF productiv-
ity showed an increasing trend at lower catalyst loading.
However, at higher catalyst loading, the productivity passed
through a maximum due to an increase in n-BuOH forma-
tion.

The model presented here allows us to evaluate optimum
performance for THF productivity. The model proposed here
can also be used for the simulation of pilot/commercial-scale
performance data as well as the design and scale-up of reac-
tors.

Notation

ap =gas—liquid interfacial area, m%/m?3

a; =dimensionless concentration of hydrogen in the
liquid phase (A, -HA/AS,)

ap =gas-liquid interfacial area, m%/m?3

a, =external surface area of the pellet (6w/p,d,,), m~!

A* =saturation solubility of hydrogen, kmol/m?

A, =concentration of hydrogen in the liquid phase,
kmol/m?

A, =concentration of hydrogen on the catalyst sur-
face, kmol/m?

b, =dimensionless concentration of MAC in the lig-
uid phase (B,/B;)
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B, =concentration of MAC in the liquid phase,
kmol/m?
B, =initial concentration of MAC in the liquid phase,
kmol/m?
b, = dimensionless concentration of MAC on catalyst
surface (B,/B; )
¢, =dimensionless concentration of SAC in liquid
phase (C/B;)
(oh =concentration of SAC in the liquid phase,
kmol/m?
C,; =heat capacity of liquid, kJ/kg/K
C,, =heat capacity of gas, k/kg/K
CI;S =heat capacity of water, kJ/kg/K
¢, =dimensionless concentration of SAC on the cata-
lyst surface (C,/B;)
D, = effective d1ffusw1ty, m?/s
Dy =axial dispersion coefficient for solids, m?/s
D,, = molecular diffusivity, m%/s
d, , = particle diameter, m
D =reactor diameter, m
d, =dimensionless concentration of GBL in liquid
phase (D,/B,)
D, = concentration of GBL in the liquid phase,
kmol/m?
d, = dimensionless concentration of GBL on the cata-
lyst surface (D,/B;))
e, =dimensionless concentration of THF in gas phase
(E,/A9)
E, 7concentrat10n of THF in gas phase, kmol/m
e, =dimensionless concentration of THF in liquid
phase (E,/B;)
E, = concentration of THF in liquid phase, kmol/m
E; =activation energy for hydrogenation step #, kJ/mol
e, =dimensionless concentration of THF on the cata-
lyst surface (E,/B))
fi= dlmensmnless concentration of n-BuOH in liquid
(F/B,)
F = concentration of #-BuOH in liquid, kmol/m?
f; =dimensionless concentration of n-BuOH on cata-
lyst surface (F,/B;,)
G =acceleration due to gravity, m/s>
H} =Henry’s constant of solubility for H,,
kmol/m?/atm
H, =dimensionless Henry’s constant for H, (1/A(H}-
R, T))
H} = Henrys constant of solubility for THF,
kmol/m>/atm
H); =dimensionless Henry’s constant for THF (1/(H}, -
R, T))
k, to k, =reaction rate constants (m>/kg)(m>/kmol)s !
K,, = dimensionless rate constant (k,/k,)
K, =dimensionless rate constant (ks/k,)
K, = dimensionless rate constant (k,/k;)
k, =dimensionless equilibrium constant (K 4, A,)
ky, k., k; =dimensionless equilibrium constants (k, = K B, ;
k.=KcBy; ky=KpBy, )
k;ap = gas—liquid mass- -transfer coefficient, s~
k, =liquid—solid mass-transfer coefficient, s
K, Ky, K¢, Kp, =equilibrium constants, m3/kmol
L =length of reactor, m
g5 = stoichiometric ratio (B, /4 g/H n
qp p =stoichiometric ratio for THF in gas phase
(B, /AY/H)
R, tor, —reaction rates for individual hydrogenation steps
(kmol/m>/s)
R =radius of catalyst particle, m
(Re), =particle Reynold’s number
R, =overall rate of hydrogenation, kmol/m /5
RH =global rate of hydrogenation, kmol/m?/s
R. ¢ = universal gas constant, kJ/kmol/K
T, =inlet temperature, K
T,, =wall temperature, K
U, =bed-to-wall heat transfer coefficient, kl/m?/K /s
ug = gas velocity, m/s
5,1 =inlet gas velocity, m/s

-1

u
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u; =liquid velocity, m/s
Ug,1 =inlet solvent velocity, m/s
u,, =terminal settling velocity of particle, m/5
V, =reactor volume, m*
w = catalyst loading, kg/m*
W =average catalyst loading, kg/m?
Z =dimensionless reactor length

Greek letters

4 =dimensionless gas—liquid mass-transfer coeffi-
cient
a, =dimensionless liquid—solid mass-transfer coeffi-
cient
a, =dimensionless reaction rate constant
BA =dimensional parameter (=u, H,/u;)
Br =dimensional parameter (= u HE/u P
B1=dimensionless thermicity parameter
B2 =dimensionless heat-transfer parameter
B3 =dimensionless solvent evaporation parameter
B4 =dimensionless THF evaporation parameter
B5 =dimensionless parameter
A H, =heat of reaction, kJ/mol
AH,, =heat of evaporation of water, kJ/kg
H, (THF) =heat of evaporation of THF, kJ/kg
€ = porosity of the catalyst
7, =overall catalytic effectiveness factor
=dimensionless temperature (7/7;,)
6,, = dimensionless wall temperature ( T/7,,)
)\eff =effective thermal c0nduct1v1ty, kl/s-m-°C
=density of the hquld kg/m?
p 7den51ty of gas, kg/m?
p, =density of catalyst particle, kg/m>
T =tortuosity factor
7’ =residence time, s
¢ =Thiele parameter

-1
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